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Abstract

Experimental investigations on flow boiling phenomena in a vertical narrow rectangular microchannel with the hydraulic diameter dh =
0.48 mm were carried out. The experiments were performed under fluid-inlet subcooled conditions with de-ionised and degassed water for
different mass fluxes. Investigations on pressure drop and heat transfer during single- and two-phase flow have been carried out. Moreover, flow
visualisation of the two-phase flow patterns along the channel was performed using a digital high-speed video camera.

The present work outlines local heat transfer coefficients for three mass fluxes (200, 700 and 1500 kg m−2 s−1) and heat fluxes (30–110, 35–150
and 65–200 kW m−2) during two-phase flow. The visual observations were used to obtain a better insight about the heat transfer mechanisms.
The goal of this work is to find the circumstance of the best heat transfer circumstance in microchannels.
© 2007 Published by Elsevier Masson SAS.
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1. Introduction

The mechanism of flow boiling in narrow channels is com-
plicated due to the fact that with a change of flow patterns
simultaneously different vaporisation mechanisms may en-
counter at different positions along such channels. The boiling
of refrigerants in small-diameter channels can be dominated by
nucleate boiling, by convective boiling, or both mechanisms.
Near to the onset of boiling the nucleation mechanism usually
dominates. With increasing vapour quality the flow regime un-
dergoes a transition to an annular or nearly annular flow. Then
the film vaporisation (convective boiling) becomes a consider-
able heat transfer mechanism and can even suppress completely
the nucleate boiling. Because of vaporisation the liquid film
may completely disappear (dryout) or only at some channel po-
sitions (partial dryout). As a result the heat transfer coefficient
increases along the channel up to a certain position where par-
tial dryout starts to occur. After it the heat transfer coefficient
(average value around the channel perimeter) decreases con-
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tinuously with the decrease of the wetted part of the channel
wall [1].

Diaz et al. [2] investigated the flow boiling of water and
hydrocarbons (n-hexane, n-heptane, n-octane and a mixture
n-hexane/n-heptane) in circular tubes (dh = 1.5 mm) and rec-
tangular channels (height = 0.3–0.7 mm, width = 10 mm, dh =
0.58–1.31 mm). For pure hydrocarbons, it was observed that
the heat transfer coefficient has a maximum value in the ini-
tial region indicating a dominance of nucleate boiling. Then
the heat transfer coefficient decreases along the channel axis
with increasing vapour quality. This behaviour was explained
by “steam-influenced boiling” characterised by increasing par-
tial dryouts. However, for water and hydrocarbon mixtures a
rise of the heat transfer coefficient was observed with increasing
vapour quality after an initial region with locally dominating
nucleate boiling. This increase is typical for convective boiling.
The same tendency was observed by Lin et al. [3] for water in
a tube with hydraulic diameter 1.1 mm at moderate heat fluxes.
For heat fluxes greater than 60 kW m−2, the heat transfer co-
efficient decreases. The authors argued that nucleate boiling is
dominant at these heat fluxes, and furthermore the decrease of
the heat transfer coefficient with increasing vapour quality is a
consequence of the linear pressure drop assumption from onset
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Nomenclature

A heat transfer area . . . . . . . . . . . . . . . . . . . . . . . . . . m2

Asect area of channel cross-section . . . . . . . . . . . . . . . m2

Bo Boiling number, Bo = q/(G�hLG)

Co∗ Confinement number,
Co∗ = [g(ρL − ρG)d2

h/σ ]−0.5

C0 distribution parameter defined by Eq. (11)
Cp specific heat capacity . . . . . . . . . . . . . . . J kg−1 K−1

dh hydraulic diameter, dh = 4W · H/[2(W + H)] m
G mass flux . . . . . . . . . . . . . . . . . . . . . . . . . . kg m−2 s−1

g gravitational acceleration . . . . . . . . . . . . . . . . m s−2

H depth of channel . . . . . . . . . . . . . . . . . . . . . . . . . . . . m
h heat transfer coefficient . . . . . . . . . . . . W m−2 K−1

�hLG latent heat of vaporisation . . . . . . . . . . . . . . . J kg−1

i specific enthalpy . . . . . . . . . . . . . . . . . . . . . . . J kg−1

j superficial velocity . . . . . . . . . . . . . . . . . . . . . . m s−1

L length . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . m
NμL viscosity number
p pressure . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . Pa
Q heat flow rate . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . W
q heat flux . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . W m−2

Re Reynolds number
S heated perimeter of channel, S = W + 2H . . . . m
T temperature . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . K

V volumetric flow rate . . . . . . . . . . . . . . . . . . . . m3 s−1

W width of channel . . . . . . . . . . . . . . . . . . . . . . . . . . . m
Xtt Martinelli parameter
xth thermodynamic vapour quality
Z distance from inlet . . . . . . . . . . . . . . . . . . . . . . . . . . m

Greek symbols

α void fraction
λ thermal conductivity . . . . . . . . . . . . . . . W m−1 K−1

μ dynamic viscosity . . . . . . . . . . . . . . . . . . . . . . . . . Pa s
ρ density . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . kg m−3

σ surface tension . . . . . . . . . . . . . . . . . . . . . . . . . N m−1

Subscripts
ave average
G gas
in inlet
L liquid
loss loss
ONB onset of boiling
sat saturation
vb vapour body
W wall
c

of boiling and hence a consequence of the heat transfer coeffi-
cient definition.

Agostini and Bontemps [4] investigated flow boiling of
R134a in rectangular multichannels (dh = 2.01 mm). They ob-
served a weak influence of the vapour quality on the heat trans-
fer coefficient for Boiling number Bo � 4.3 · 10−4 and vapour
quality x � 0.4. Thus, the nucleate boiling regime determines
this region. For the same Boiling number but vapour quality
greater than 0.4, the heat transfer coefficient decreases with the
rising vapour quality. This indicates that a partial dryout occurs
because of a vapour body confinement thinning the liquid layer
thickness at the tube wall. For Bo � 4.3 · 10−4, the heat trans-
fer coefficient is weakly dependent on the vapour quality up
to a transition value. Then it starts to increase. This behaviour
may correspond to a competition between convective boiling
and flow regimes where a partial dryout and a regeneration of
the liquid layer occur. Based on this observations, the transition
from nucleate boiling to supposed convective boiling occurs at
Bo(1 − x) ≈ 2.2 · 10−4 regardless of the heat and mass flux.

A review about the boiling behaviour of refrigerants in small
pipes was presented by Vlasie et al. [5] which can be sum-
marised that boiling can be dominated by nucleate as well as
convective boiling or by both mechanisms. The boundary be-
tween nucleate and convective boiling as a function of the wall
superheat proposed by Tran et al. [6] appears to be successful in
reconciling the different trends observed by various researchers.
Correlations based on the nucleate boiling mechanism work
mostly satisfactory for boiling of pure fluids in small diame-
ter channels [5].
This brief literature review shows, that the heat transfer
mechanism during flow boiling is still not sufficiently under-
stood. A relationship between heat transfer coefficient and
vapour quality varies with working fluids and experimental con-
ditions. The aim of this work is to find a relationship between
the heat transfer coefficient and the flow pattern in order to un-
derstand better the heat transfer mechanisms.

2. Set-up and experimental conditions

The experimental set-up for investigating thermofluid-dynami
phenomena in vertical microchannels is shown in Fig. 1. The
main components of the flow loop are the fluid tank, the pump,
the test section and the condenser. The flowmeter and the pre-
heater are embedded in the pump. The test specimen is covered
with a transparent plate (makrolon) to enable flow visualisation.

The de-ionised water (working fluid), fed by the pump, is
preheated in the fluid tank and then heated up to the channel
inlet temperature by the internal heater of the pump. In the
channel the water is heated via the three channel walls. The two-
phase mixture is condensed in the condenser and flows back to
the fluid tank.

The rectangular channel is machined by conventional milling
into the upper surface of a copper plate (Fig. 1). The mean
width and depth of the channel is W = 0.807 mm, respectively
H = 0.346 mm (dh = 0.48 mm). The channel length is about
L = 330 mm, with a heating length of 300 mm. The Confine-
ment number Co∗ for the investigated experimental conditions
is greater than 0.5. So, according to the definition given by Kew
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Fig. 1. Scheme of the test rig (left) and photograph of the experimental set-up (right).
and Cornwell [7], the tested channel has to be classified as nar-
row.

The test section consists of two main parts: 4 heater-blocks
and the test specimen with the rectangular channel, all parts
made from copper (Fig. 2). The flowing water in the channel
is electrically heated by the heater-blocks from the back side
of the test specimen. Based on the good thermal conductivity
of the copper material and the very small channel dimension
compared to the test specimen, it is reasonable to assume that
the heat fluxes from the three channel sides are approximately
equal.

The wall temperatures (Tw1–Tw8) are measured at eight po-
sitions along the channel on the backside of the test-specimen
(position Z = 47.5, 82.5, 123, 158, 198, 233, 273, 313 mm from
the channel inlet, Fig. 2). Flow patterns are observed at seven
positions along the flow path corresponding to the thermocou-
ple locations.

Four measurement parameters are determined:

1. Fluid temperatures at the inlet and outlet of the test section
(PT-100, ±0.1 K) and wall temperatures at eight positions
along the channel axis (thermocouples NiCr–Ni, type K,
±0.2 K).

2. Inlet and outlet fluid pressure (piezoresistive pressure trans-
ducers, ±500 Pa and ±200 Pa) and pressure drop between
Fig. 2. Scheme of the test section.

the inlet and outlet of the test section (two piezoresistive
differential pressure transducers with different measure-
ment ranges, ±500 Pa and ±200 Pa).

3. Input heating power (digital multimeter, ±1 W).
4. Mass flow rate of the working fluid (embedded in pump,

±0.06 g/min).
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3. Data evaluation

3.1. Heat balance

The heat loss is mainly caused due to the convective heat
transfer from the test section to the ambient. In order to deter-
mine the heat loss Qloss, an energy balance is performed for
single-phase flow, and the heat loss is estimated as a function of
the wall temperature. Then the effective heat flux can be defined
as

q = (Q − Qloss)/A (1)

Due to the high pressure drop between the inlet and the out-
let of a microchannel during flow boiling, the fluid pressure
changes and hence, the corresponding change of the fluid satu-
ration temperature along the channel cannot be neglected. The
length Zsat from the channel inlet, where the saturation condi-
tion starts, is calculated from the heat balance, Eq. (2).

G · Asect · Cp(TL,sat − TL,in) = q · S · Zsat (2)

From former investigations it is well known that the two-
phase flow starts already in a subcooled flow condition. There-
fore, flow visualisation was used to define the position ZONB of
the onset of boiling.

The pressure drop of the single-phase flow length is calcu-
lated with the Darcy–Weisbach equation and after subtraction
from the inlet pressure this gives the pressure at positions Zsat
resp. ZONB. For two-phase flow, the assumption of a linear pres-
sure drop was made. The two dot-dashed lines in Fig. 3 show
the possible pressure profiles when the two-phase flow starts
at Zsat, respectively at ZONB (pressure drop at subcooled con-
dition is also treated as a two-phase pressure drop). The mean
values of these two profiles were taken as the final pressure pro-
file of the two-phase flow regime. Thus, the pressure and fluid
saturation temperature Tsat can be determined as a function of
the position Z along the channel axis. The specific enthalpy of
the liquid and the vapour at saturation under pressure p(Z) is
known. Based on the energy balance and the conservation of
mass, the thermodynamic vapour quality xth at position Z can
be calculated. Eqs. (3)–(6) describe the liquid temperature TL

and the vapour quality xth for an unsaturated and a saturated
situation.

TL(Z) = TL,in + q · S · Z
Cp · G · Asect

, Z < Zsat (3)

TL(Z) = Tsat(p(Z)), Z � Zsat (4)

xth(Z) = (iL(Z) − iL,sat)

�hLG
, Z < Zsat (5)

xth(Z) = 1

�hLG

(
q · S · Z
G · Asect

+ iL,in − iL,sat

)
, Z � Zsat (6)

3.2. Local heat transfer coefficient

With the assumption of a constant heat flux along the chan-
nel axis, the local heat transfer coefficient hTP at position Z is
given by Eq. (7). The liquid bulk temperature TL(Z) is calcu-
lated by Eq. (3) for an unsaturated flow regime or is taken as the
local saturation temperature Tsat(Z) corresponding to the local
Fig. 3. Pressure and temperature profile along the channel length at G = 700 kg m−2 s−1 and q = 147 kW m−2.
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saturation pressure. In addition thermodynamic equilibrium be-
tween the phases is assumed.

hTP(Z) = q

Tw(Z) − TL(Z)
(7)

3.3. Flow pattern visualisation

Usually bubbly, slug, churn and annular flow occur in verti-
cal conventional size channels during upward two-phase flow.
There can be also some mixed types like wispy-annular or
mist flow. In small-diameter channels different forces become
dominant which influence the flow patterns. In the literature
synonyms of flow pattern names coexist. Cornwell and Kew
[8] found in multichannels with hydraulic diameters less than
1.7 mm isolated bubbles, confined bubbles and annular-slug
flow. Nucleate boiling with isolated bubbles, nucleate boiling
with coalesced bubbles and partial dryout regimes in a narrow
vertical gap were reported by Bonjour and Lallemand [9]. For
an air–water and steam–water flow in horizontal tubes, Feng
and Serizawa [10] distinguished dispersed bubbly flow, gas slug
flow, liquid ring flow and liquid lump flow. During boiling of
water in a single rectangular channel with dh = 0.333 mm dif-
ferent flow patterns were observed by Balasubramanian and
Kandlikar [11], viz. nucleate boiling, slug formation, dryout,
reverse flow and two-phase flow at the exit manifold. Vlasie’s
et al. [5] review about boiling behaviour of refrigerants found
that three flow pattern names are commonly used in the litera-
ture: isolated bubble, confined bubble and annular flow.

The velocity of a vapour body is calculated as a length of the
channel part inside the view window (about 3 mm of channel
length is visualised) divided by the time which the vapour–
liquid interface (top and bottom of vapour body) needs to pass
through it. Considering the flow direction, the velocities of the
top and bottom of the vapour body were calculated.

3.4. Flow pattern maps

A lot of flow pattern maps are presented in the literature.
The first flow pattern map for a horizontal channel was pre-
sented by Baker [12,13] and modified by Scott [14]. Hewitt and
Roberts [15] proposed one of the first flow pattern maps for ver-
tical tubes. They distinguished bubbly, bubbly-slug, slug, churn,
wispy-annular and annular flow. The investigations were under-
taken on low-pressure air–water and high-pressure steam–water
flows in small diameter tubes (10–30 mm).

Taitel et al. [16] presented a flow pattern map with super-
ficial gas and liquid velocities based on experimental results
obtained from vertical pipes (diameter 20–60 mm) with an air–
water flow. They suggested physical mechanisms for each flow
transition where the transition boundaries separate bubbly, dis-
persed bubbly, slug, churn and annular flow.

According to the Taitel et al. model, the slug flow requires
a process of bubble agglomeration or coalescence which oc-
curs when the void fraction α is high enough (e.g. 0.25 � α �
0.3). For the calculation of the bubbly-slug transition bound-
ary, α = 0.25 was considered. Finally, this transition boundary,
respectively the corresponding liquid superficial velocity jL is
described by Eq. (8).

jL = 3.0 · jG − 1.15

(
σg(ρL − ρG)

ρ2
L

)0.25

(8)

Annular flow cannot exist unless the gas velocity in the
gas core is not sufficient to lift the entrained droplets. Eq. (9)
predicts the minimum value of the superficial gas velocity jG

needed for a stable annular flow.

jGρ0.5
G

(σg(ρL − ρG))0.25
= 3.1 (9)

Similar flow pattern maps, also for vertical tubes but with
different transition criteria, were reported by Mishima and
Ishii [17]. They postulated that flow parameters such as void
fraction are conceptually simpler and therefore more reliable to
predict flow pattern boundaries.

The Mishima–Ishii model, based on the same fundamentals
as the Taitel et al. model, assumes a void fraction α = 0.3 for
the bubbly-slug transition boundary. With this assumption and
the relationship between the superficial velocities derived from
the drift velocity for bubbly flow (Ishii [18]), the bubbly-slug
boundary is described by Eq. (10).

jL =
(

3.33

C0
− 1

)
jG − 0.76

C0

(
σg(ρL − ρG)

ρ2
L

)0.25

(10)

where the distribution parameter C0 for rectangular ducts is
given by Eq. (11).

C0 = 1.35 − 0.35
√

ρG

ρL

(11)

Furthermore, the Mishima–Ishii model contains two criteria
for the churn-annular boundary which are used to describe the
slug-annular transition. For small diameter channels, Eq. (12)
is proposed, for large channels, Eq. (13) is applicable.

jG =
√(

gdh(ρL − ρG)

ρG

)
(α − 0.11) (12)

jG �
(

σg(ρL − ρG)

ρ2
G

)0.25

· N−0.2
μL (13)

The boundary channel diameter is defined by Eq. (14).

d =
√

σ
g(ρL−ρG)

N−0.4
μL

(
1−0.011C0

C0
)2

(14)

where the viscosity number NμL (see also Eq. (13)) can be ap-
proximately calculated with

NμL
∼= μL

(ρLσ
√

σ
g(ρL−ρG)

)0.5
(15)

Other flow pattern maps were proposed by Lin et al. [19] for
vertical small tubes and by Tabatabai and Faghri [20] for hor-
izontal miniature and micro tubes. In [19] two dimensionless
parameters, the Confinement and Kutateladze number, were in-
troduced. In [20] the importance of the surface tension for two-
phase flows in horizontal channels was emphasised.
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For diabatic horizontal flows, a boiling transition boundary
criterion has been proposed by Zürcher et al. [21]. Because of
different flow patterns compared to vertical flows, only the in-
termittent to annular flow transition is useful. According to the
authors the intermittent flow pattern occurs at a low vapour
quality and groups unsteady flow patterns like plug and slug
flow. They proposed, following Steiner [22], a criterion based
on the Martinelli parameter, Eq. (16).

Xtt =
(

μL

μG

)0.125(1 − xth

xth

)0.875(
ρG

ρL

)0.5

= 0.34 (16)

The gas and liquid superficial velocities, Eqs. (17) and (18),
are needed to establish flow pattern maps for comparing flow
regimes of different channel geometries.

jG = VG

Asect
= G · xth

ρG

(17)

jL = VL

Asect
= G(1 − xth)

ρL

(18)

4. Experimental results and discussion

4.1. Flow pattern visualisation

In order to eliminate the confusion about the flow pattern
terminology, only 3 basic flow patterns are distinguished in fol-
lowing discussion: bubbly, slug and annular flow. Because of
the test section’s construction only a two-dimensional visual-
isation can be done. Hence, some assumptions related to the
third dimension have to be made. Three categories of observed
vapour bodies were distinguished, Fig. 4. At this point it must
be emphasised that the depth of the channel (H = 0.346 mm)
is smaller than its width (W = 0.807 mm). In the first cate-
gory there are spherical bubbles with diameters smaller than
the depth of the channel, Fig. 4a. In the second category the
observed vapour bodies have diameters between 0.346 and
0.807 mm what gives an appearance of round bubble shapes
but because of the lower channel depth, they are not perfect
spheres, Fig. 4b. Vapour bodies with a length greater than the
channel width belong to the third category. The cross-section of
these slugs is assumed to be elliptical, Fig. 4c.

For bubbly flow, the gas phase (isolated bubbles) is moving
in the continuous liquid phase. If there is a majority of vapour
bodies from the first and the second category, then it is bubbly
flow.

For slug flow, Taylor bubbles are typical. The diameters of
these bubbles are close to the channel diameter, and they have
usually a round front-side and flat back-side shape. They belong
to the third category.

For annular flow, the gas phase is moving in the core of the
channel, and the liquid phase is in an annulus along the wall.
In present visualisation experiments a typical annular flow was
not observed. There were always some liquid bridges which
cause interrupts of the annular flow. Such type of flow can be
treated as a flow with very long slugs (third category). Hence,
the boundary between slug and annular flow is introduced on
the basis of slug lengths, i.e. a flow with slugs longer than hun-
dred times of the channel width is called annular flow.
Fig. 4. Classification of observed vapour bodies into three categories.

At every thermocouple position along the channel axis the
two-phase flow was observed and high-speed videos were
recorded, usually twice with two different recording frequen-
cies. In this context it should be mentioned that there were
hardly image sequences containing only vapour bodies of one
category. Hence, size distributions of vapour body lengths (his-
tograms) were established by means of image analyses in or-
der to define flow patterns. To emphasise a variety of the term
“slug”, all slugs were subclassified into three groups with dif-
ferent lengths but all belonging to the slug flow regime.

By means of the histograms for mass fluxes 1500 kg m−2 s−1

and 131 kW m−2, Fig. 5, the procedure to fix a flow regime at
a certain channel position can be explained as follows: At three
thermocouple positions (Tw6, Tw7 and Tw8) bubbles and short
slugs were observed. Because of the majority of bubbles (about
70%) at Tw6-position there is bubbly flow defined. At Tw7- and
Tw8-position 66% of observed vapour bodies were slugs with
different lengths greater than 0.81 mm, and hence there is per
definition slug flow.

It should be pointed out that a wide flow range can be named
slug flow. For mass flux 1500 kg m−2 s−1 and 131 kW m−2 at
Tw8-position for instance, slug flow was defined, even though
a large amount of bubbles was observed. A different kind
of slug flow was found for mass fluxes 200 kg m−2 s−1 and
110 kW m−2 at Tw3-position where very long slugs exist like-
wise an annular flow pattern.

4.2. Local heat transfer coefficient

Fig. 6 presents local heat transfer coefficients vs. ther-
modynamic vapour qualities for mass fluxes 200, 700 and
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Fig. 5. Histograms of vapour body length for mass fluxes 200 (a), 700 (b) and
1500 (c) kg m−2 s−1 and heat flux of about 115 kW m−2.

1500 kg m−2 s−1. The two dashed lines show roughly the
boundary transitions. The two-phase flow starts at negative
vapour quality at all considered mass fluxes.

For the smallest mass flux, bubbles were observed from
the first thermocouple position. For higher mass fluxes, even
for higher heat fluxes, single-phase flow was observed at an
initial length (boiling was not initiated there). It should be
emphasised that the experiments were performed always un-
der subcooled condition at the channel inlet to guarantee liq-
uid flow there. The growth of bubbles and their agglomera-
tions change the flow pattern from bubbly to slug flow and as
things developed, to annular flow. A partial dryout close to the
Fig. 6. Local heat transfer coefficients for mass fluxes 200 (a), 700 (b) and 1500
(c) kg m−2 s−1.

channel outlet was also observed, especially for the mass flux
200 kg m−2s−1.

The local heat transfer coefficient has a maximum for slug
flow at mass flux 200 kg m−2 s−1 and 700 kg m−2 s−1, and for
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bubbly flow at mass flux 1500 kg m−2 s−1. Usually such max-
ima were observed at thermodynamic vapour qualities close to
zero and in a short distance to the onset of boiling. Hence, it
can be pointed out that nucleate boiling is dominant at these
positions. With the elongation of bubbles and slugs convec-
tive boiling becomes a considerable heat transfer mechanism.
A thinning of the liquid layer by evaporation can provide locally
and temporary dried areas. This mechanism causes a decrease
of local heat transfer coefficients along the channel.

In the literature it is commonly assumed that nucleate boil-
ing is dominant when the heat transfer coefficient is increasing
with the heat flux. On the other hand convective boiling is domi-
nant when the heat transfer coefficient increases with increasing
mass flux and vapour quality. In Fig. 6 the local heat transfer co-
efficient rises with the heat flux (this holds especially for mass
flux 200 kg m−2 s−1 under saturated condition) what could in-
dicate nucleate boiling. However, from flow observations at
corresponding positions (slug and annular flow) one would ex-
pect a convective boiling.

It is remarkable that the local heat transfer coefficient at mass
flux 200 kg m−2 s−1, respectively 35 kW m−2 and a vapour
quality close to zero is greater than for higher heat fluxes.
This may be a consequence of the assumptions for the pres-
sure/temperature profile calculations (see Section 3) what af-
fects the local heat transfer coefficient. Because of no available
local pressure data along the channel, a pressure profile had
to be assumed. Therefore, the start position of the two-phase
flow corresponds sometimes not exactly to the assumed posi-
tion. This induces an increased artificial pressure, and in conse-
quence a higher temperature which results in an increase of the
calculated heat transfer coefficient.

It is noticeable that for the mass flux 700 kg m−2 s−1 at
heat fluxes 114 kW m−2 and 147 kW m−2 bubbly flow was
observed at Tw5- and Tw6-position, respectively Tw5-position
(see Fig. 6). That does not mean that no bubbles occur at other
heat fluxes and channel positions. From the histogram data it is
clear, there are more slugs than bubbles. Apart from the type of
the two-phase flow—bubbles and/or slugs, also their frequency
of occurrence has to be considered. The Tw6-position at im-
posed heat fluxes 147, 114 and 85 kW m−2 will be taken as
an example (Table 1): For the highest heat flux 147 kW m−2,
115 counts of vapour bodies were observed in the length range
0–0.81 mm, corresponding to 81% of the total count. For heat
flux 114 kW m−2, a large number of vapour bodies occurs in
the length range 0–0.81 mm (201 counts to total count 296,
i.e. 68%). Only 33 vapour bodies were observed at heat flux
85 kW m−2, therein 13 bubbles and 20 short slugs. For lower
heat fluxes, no two-phase flow is at Tw6-position. Consider-
ing the recording times at this position local bubble/slug pass-
ing through frequencies of 312, 186 and 21 s−1 can be deter-
mined.

In Fig. 7 the velocities of the vapour body tops and bot-
toms are shown. Due to the slug growth elongating the vapour
bodies, the top-velocities are as a rule higher than the bottom-
velocities. With decreasing vapour body size the velocity dif-
ferences become smaller. The solid vertical lines in the diagram
Table 1
Distribution of bubbles/slugs at Tw6-position for mass flux 700 kg m−2 s−1

and different heat fluxes

Length [mm] Heat flux [kW m−2]

147 114 85

0–0.81 115 201 13
0.81–10 23 75 20
10–50 1 18 0
50–80 0 0 0
>80 3 2 0

total number 142 296 33
recording time [s] 0.455 1.591 1.591
frequency of bubble/slug
passing through [s−1]

312 186 21

represent the boundaries between different vapour body length
groups.

4.3. Flow pattern map

The flow pattern map in Fig. 8 shows a dominant bubbly
flow for negative vapour qualities. The bubbly-slug transition is
at a vapour quality of about xth ≈ −0.01. Annular flow was ob-
served only under saturated flow conditions and starts at a low
vapour quality (xth ≈ 0.05). Some of the transition boundaries
from the literature are shown as vertical lines. The superficial
velocities proposed as boundaries were rearranged into bound-
ary of vapour quality according to Eqs. (17) and (18).

The slug-annular transition is described by the Mishima–
Ishii model (criterion for large channels) as well as by the Taitel
model (dotted line) quite well.

Mishima and Ishii [17] used their model criteria also for
comparison with experimental data from a steam–water flow
in a rectangular channel dh = 5.64 mm at high pressure
(Hosler [23]). The comparison showed reasonable agreement.
In our case, the most probable reason for the differences be-
tween the theory and the experimental results is the variant inlet
pressure which is smaller for the presented experiments. The
assumption that the void fraction during bubbly-slug transition
is α = 0.3 can also be an additional reason. However, the cri-
terion for the churn-annular flow transition (dash-dotted line)
describes the experimental data very well.

Taitel et al. [16] compared their model criteria with experi-
mental data from a air–water flow in pipes with dh = 20–60 mm
at low pressure. The proposed churn-annular criterion (dotted
line) works quite well for our case. Different channel hydraulic
diameters cause various forms of bubbly flow. For channels in
centimetre-scales, a lot of small isolated bubbles can be ex-
pected, while in narrow channels bubbles reach very quickly a
diameter comparable to the channel size. In consequence for the
bubbly-slug boundary, the void fraction assumption α = 0.25
can be a reason for the large discrepancy to the experimental
data.

The intermittent-annular criterion proposed by Zürcher et al.
[21], Eq. (16), was calculated for 90 ◦C. As can be seen from
Fig. 8, this criterion cannot describe the experimental slug-
annular transition.
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Fig. 7. Bubble and slug velocities.
Fig. 8. Flow pattern map for the vertical rectangular narrow channel.

5. Conclusions

Experimental results for flow boiling of water in a vertical
rectangular channel (width×depth = 0.807×0.346 mm2, dh =
0.48 mm) are presented including two-phase flow heat transfer
coefficients, flow patterns and the relationship between them.

The following main results have been found:

– The heat transfer coefficient at the channel inlet increases
very slightly because of the subcooled single-phase flow.
Near to the onset of boiling the nucleation mechanism usu-
ally dominates, and there is a maximum of the heat trans-
fer coefficient. Bubbly flow or slug flow (with relatively
short slugs) is observed at this position. With increasing
vapour quality the flow regime undergoes a transition to an
annular flow. Then the film vaporisation (convective boil-
ing) becomes a considerable heat transfer mechanism and
can even completely suppress the nucleate boiling. Further-
more, the liquid film may completely disappear (dryout)
or only at some channel positions (local partial dryout).
As a result the heat transfer coefficient increases chan-
nel upwards until to a certain position. Because the local
dried areas are relatively inactive, the heat transfer coef-
ficient (average value around the channel perimeter) de-
creases continuously with the decrease of wetted parts of
the channel wall. It can be concluded that in narrow space
channels nucleate boiling is a most effective heat transfer
mechanism. In comparison with conventional size chan-
nels, where convective boiling during annular flow offers
the best heat transfer performance, the maximum of the
heat transfer performance is shifted towards the inlet of the
channel.

– By means of flow visualisation three main basic flow pat-
terns can be found: bubbly, slug and annular flow. It should
be pointed out that often different vapour body forma-
tions occur simultaneously for one imposed mass and heat
flux, e.g. bubbles were observed after slugs at the same
channel position. In such cases a main flow pattern was
defined due to the individual corresponding dominance.
Based on flow visualisations a first attempt was carried out
for classifying the vapour body shape and length. More-
over, size distributions of the vapour body length were de-
termined at different channel positions for three mass fluxes
(200, 700 and 1500 kg m−2 s−1) and different heat fluxes.
In addition local frequencies of classified vapour bodies
were specified considering the range of experimental con-
ditions.

– The comparison between the established flow pattern map
and existing models from the literature shows that the ex-
perimentally found slug-annular transition is described by
the Mishima–Ishii model (criterion for large channels) and
the Taitel model quite well.
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